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Abstract

Hydrogen gas, as an energy fuel, has a promising future in the energy transition to significantly decarbonize the
global transportation and energy industries. Hydrogen is produced from diverse resources by various technologies
worldwide. Steam methane reforming (SMR) is the most important and economic process. However, SMR emits
significant carbon dioxide (COz) emissions as a byproduct of hydrogen production. To mitigate CO2 emissions
to the atmosphere, an integrated hydrogen production process consisting of SMR technology coupled with carbon
capture and storage technologies is discussed including an assessment of the overall economics.
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1. Introduction

Hydrogen, as the simplest and most abundant element on earth, has wide applications. These multiple uses can
be grouped into two large categories: hydrogen as a feedstock and hydrogen as a clean energy fuel. As a feedstock,
hydrogen has been widely used in chemical and petrochemical industries, and this will continue to grow and
evolve. The largest consumer of hydrogen is ammonia production which in turn is a primary feedstock in the
fertilizer industry. Hydrocracking and hydrodesulfurization (refinery fuel upgrading) are the second largest
hydrogen consumers.

Hydrogen as an energy fuel has a promising future. Its usage for this purpose has already begun and continues to
gradually increase. Hydrogen fuel is an efficient and clean energy carrier, and when combusted, produces only
water as a by-product. Hydrogen also has a higher energy density than all other fossil fuels. Table 1 below
illustrates the energy density of hydrogen and most common fossil fuels [1].

Hydrogen can be classified as one of five possible types, depending on the mode of production. Hydrogen
obtained from natural gas through the SMR process is called grey hydrogen. If the resulting carbon dioxide (CO>)
is captured and stored, this is referred to as blue hydrogen. If biogas is used, it is considered to be green hydrogen.
The electrolysis version is in shades of grey (standard energy) and green depending on the power source and its
relative emissions. For example, electrolysis is often considered a zero-emission process; however, the energy
production demanded by this process may have emissions associated with it and these must also be
considered. It’s important to note that the definitions are not standard.

Fuel Energy content (MJ/kg) Energy content (Btu/lb)
Hydrogen 120 51590.8
Liquefied natural gas 54.4 23387.8
Propane 49.6 21324.2
Aviation gasoline 46.8 20120.4
Automotive gasoline 46.4 19948.4
Automotive diesel 45.6 19604.5
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Fuel Energy content (MJ/Kg) Energy content (Btu/lb)
Ethanol 29.6 12725.7
Methanol 19.7 8469.5
Coke 27 11607.9
Wood (dry) 16.2 6964.8
Bagasse 9.6 4127.3

Table 1 Energy Density of Various Fuels [1]

Hydrogen can be produced from various sources, including nuclear, natural gas, coal, biomass, but also including
other renewable sources such as solar, wind, hydroelectric, or geothermal energy. The production of hydrogen
can be achieved via various process technologies, including thermal (natural gas reforming, renewable liquid and
bio-oil processing, biomass, and coal gasification), electrolytic (water splitting using a variety of energy sources),
and photolytic (splitting of water using sunlight through biological and electrochemical materials). Among the
various technologies and raw materials available today, hydrogen is mainly produced by steam reforming of
natural gas. Technical data indicates that close to 50% of the global demand is generated via steam reforming of
natural gas, 30% from oil/naphtha reforming from refinery/chemical industrial off-gases, 16% from coal
gasification, 3.9% from water electrolysis, and 0.1% from other sources [2].

Steam reforming of hydrocarbons, especially natural gas, is the most important and economic process for
production of hydrogen and syngas in many chemical and petrochemical processes. Figure 1 is a photo of an SMR
plant.

Figure 1 Steam Methane Reforming Plant, Linde Engineering [3]



2. Process Configuration and Description
2.1 Process Configuration

Depending on the SMR applications, there are various process configurations. Figure 2 is a block diagram for
different applications of steam methane reforming.
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Figure 2 Block diagram showing different applications of steam methane reforming [4]

The final hydrogen purity from an SMR using conventional purification is about 98%, while more recent plants
employing pressure swing adsorption (PSA) can produce 99.99% purity [4].

According to N. Muradov, CO> emissions from the SMR process amount to 0.44 Nm® CO2/Nm® H; (or 9.7 kg
CO2/kg H>) [5]. A typical SMR hydrogen plant with a capacity of 1000 e3Sm3/d of hydrogen produces close to
400 e3Sm3/d of CO2, which is typically vented into the atmosphere. It should be noted that the CO2 emission
intensity varies, depending on the natural gas feedstock composition. Coupling of the SMR process with carbon
capture and sequestration (CCS) has been advocated by a number of research groups worldwide as a potentially
viable approach to drastically diminish CO2 emissions from the H> manufacturing processes [5]. Given the CO>
density of the reaction, this seems like a natural fit.



Until about 20-30 years ago, CO. was separated from raw hydrogen after a CO-shift reactor using chemical
absorption methods (e.g., amine-based or hot potassium carbonate solvents), resulting in a pure CO stream
released to the atmosphere. Modern SMR plants use physical adsorption technology - in particular, PSA units.
Figure 3 depicts a simplified block diagram of a typical modern SMR plant.
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Figure 3 Simplified block diagram of a typical modern SMR plant [4]

In a typical modern SMR plant, about 60% of the total CO produced is contained in the shifted gas, with the
remaining 40% being the product of the natural gas fuel combustion that provides input to the steam reformer [4].

Typical CO> flow rates and CO> partial pressures in the shifted gas, PSA tail gas, and steam reformer flue gas of
an SMR plant with the capacity of 100e3 Nm?®hr gas are shown in Table 2 [5].

SMR streams CO; flow rate (kmol/h) CO; partial pressure (bara)
Shifted gas 1000 3.40
PSA tail gas 1000 0.60
Flue gas 1850 0.20
Table 2 Typical CO> flow rates and CO> partial pressures for different streams in an SMR plant with a

capacity of 100e® Nm/hr H; [5]

To mitigate CO, emissions to the atmosphere, the CO. can be captured from any of the three CO2-containing
streams, as shown in Figure 4.

The CO2 removal efficiency from SMR streams at different removal points could be as high as 99% for location
1 (shifted gas), and 90% for location 2 (PSA tail gas) and location 3 (flue gas). As shown in Figure 3, CO2
concentration and thus partial pressure vary from one location to another in the SMR process chain; thus, different
sets of technologies could be applied for effective CO2 removal from these streams.

US Department of Energy (DOE) Natural Energy Technology Laboratory (NETL) researchers analyzed an
alternative scheme for SMR integration with CO, capture by chemical absorption and PSA methods as presented
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in Figure 5 [5]. Terms include AGR (acid gas removal), MEA (monoethanolamine) and MDEA (methyl
diethanolamine) for CO, capture mechanisms.
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Figure 4 Carbon dioxide removal options from SMR CO> containing streams [5]
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Figure 5 Block flow diagram of SMR with CO> capture by chemical absorption and PSA methods [5]

In this study, the SMR plant was reported to have an effective thermal efficiency of 69.7% (on a higher heating
value) and a production rate of 617 tonne/day H>. The amounts of CO- recovered and emitted were estimated at
8.84 and 0.98 tonne COz/tonne H> respectively. The capture of large amounts of CO: is energy intensive and
requires additional capital investment and operating costs.

The addition of CO> capture to an SMR plant inevitably affects its overall energy utilization efficiency. The
hydrogen energy efficiency is measured by the energy content of the hydrogen product as the percentage of the
energy content in the feedstock plus the consumed fuel. The energy content can be measured using two reference
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points depending on whether the water product is treated as a liquid or steam. The higher heating value (HHV) is
measured by treating the water product as a liquid, whereas the lower heating value (LHV) excludes the latent
heat used to evaporate the water products from combustion. According to a study analyzing different SMR plant
designs, the overall energy efficiency of a modern SMR plant with a capacity of 720 tonne/d H> (at a pressure of
6 MPa) without CO> capture is estimated at 76% (on a lower heating value basis) with overall CO emissions of
9.1 kg CO2 per kg Hz2. However, if the SMR plant is modified to produce nearly pure CO; as a coproduct (e.g. via
combination of amine solvent scrubbing with PSA), the efficiency would be decreased to 73% with the CO>
removal rate reduced to 8 kg CO; per kg Hz [5].

2.2 Process Description

Figure 6 shows a schematic of a conventional steam reforming hydrogen plant. The plant is based on a feed gas
with high sulfur content, requiring the design to hydrotreat the feed before the zinc oxide removes the sulfur
compounds.

2.2.1 Feed Gas Pre-Treatment

Natural gas usually contains small amounts of sulfur compounds, normally in the form of hydrogen sulfide, but
can also contain carbonyl sulfide and higher organic sulfur compounds such as mercaptans, and thiophene. Sulfur
compounds are the main poison of reforming catalysts. Even at a concentration of 0.1 ppm, the catalyst can begin
to deactivate. To increase the catalyst lifetime the sulfur concentration in the reformer feed gas should be less
than 0.5 ppm [6]. In the feed gas pre-treatment, the feed gas, usually a mixture of methane and other light
hydrocarbons, and recycle hydrogen, is first compressed to about 2000-4000 kPag. It is then preheated to 360°C
with reformer effluent gas and hydrotreated to convert the various sulfur compounds to hydrogen sulfide. The gas
is then passed through desulfurization reactors, usually containing a zinc oxide catalyst, which adsorbs the
hydrogen sulfide.
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Figure 6 Steam reforming process for hydrogen production [7]



2.2.2 Steam Gas Reforming

The sulfur-free gas is mixed with a fixed amount of superheated steam to maintain the desired steam-to-
hydrocarbon ratio. The steam-to-hydrocarbon ratio is kept within a range that is high enough to prevent laydown
of coke on the reforming catalyst (catalyst deactivation), but low enough to avoid overloading the reformer duty.
Typically for a methane feed, the ratio would be 3:1 (molar basis).

The combination of natural gas and steam is heated to about 538°C with the furnace flue gas before entering the
reformer tubes. Since the reforming reactions are endothermic, additional heat is required to maintain the reaction
temperature as the mixture flows down through catalyst-filled reformer tubes. The reaction for the steam methane
reforming (SMR) is shown as equation (1)

CH4 + H,O — 3H2 + CO (D)
AH =206 MJ/kmol [1]

2.2.3 Transfer-Line Steam Generation

The outlet transfer line from the reformer is used to generate high-pressure steam, usually 4500-5400 kPag. The
reformer effluent gas exits through the transfer line at about 760-870°C after the exothermic reaction and enters
the tube side of a single-pass steam generator. Boiler feed water (BFW) is fed through the shell side and becomes
4500-5400 kPag steam. Depending on the size of the reformer, there may be two transfer lines exiting opposite
ends of the reformer and feeding two steam generators.

The gas is cooled to 343°C and flows out of the steam generator. It then enters the tube side of the feed preheat
exchanger. Feed gas is preheated to 370°C using heat from the effluent gas. This temperature can be controlled
by partial bypass of the effluent side to maintain the desired hot-shift gas reactor temperature.

2.2.4 Water Gas Shift (WGS)

The carbon monoxide obtained after reforming can be converted to additional hydrogen by means of the WGS
reaction (Equation 2) below. The WGS reaction is run in two catalytic stages: high temperature shift (HTS) and
low temperature shift (LTS). These two units, which are placed downstream of the reformer, ideally reduce the
remaining CO content to less than 0.5% vol. In industrial applications, the conventional catalyst formulations
employed are Fe203-Cr203 and Cu-ZnO-Al203 for the HTS and LTS units respectively. For typical reformate
streams (8-10% vol CO), the HTS reactor, operating at near equilibrium (350-420°C), reduces the CO level to
about 4% vol. The LTS, operating at 180-340°C, achieves 0.4-0.8% vol. CO. This reaction is slightly exothermic,
resulting in a temperature rise across the reactor.

CO + H,O — Hy+ CO; (2)
AH = -41 MJ/kmol [1]

The WGS reaction effluent leaving the feed preheat exchanger enters the tube side of the BFW preheater, and
then the tube side of the deaerator preheater to recover the reaction heat, where it is cooled to 163°C and 133°C
respectively. To meet the downstream hydrogen purification inlet temperature requirement, the effluent is then
cooled to 40°C through an air cooler. The cooled effluent stream is sent to the process condensate separator to
separate the steam condensate from the gas. The gas is sent to the carbon capture unit for CO2 removal



Some hydrogen production plant designs have the HTS reactor only. The CO content in the reaction effluent is
captured in the downstream hydrogen purification unit together with the unconverted methane and is sent to the
reformer furnace as fuel.

2.2.5 Hydrogen Purification

The gas from the process condensate separator contains about 73 mol % Hz, 16 mol % CO3, 4 mol % CO, and 5
mol % CHya, based on HTS reactor upstream. In order to produce high purity hydrogen, CO2, CO and CHs need
to be removed. Hydrogen purification is generally carried out using one of two approaches — solvent-based CO>
absorption processes or pressure swing adsorption processes.

2.2.5.1 Carbon Dioxide Removal

Carbon capture and storage/sequestration (CCS) is one of the pathways for CO2 emission mitigation. Among the
wide portfolio of CCS technologies, physical and chemical absorption are considered the most close-to-market
approaches to be applied at industrial scale and are mainly focused on their implementation in energy production
from fossil fuels. Physical absorption is based on the CO2 solubility into the solution without a chemical reaction
which is based on Henry’s law and hence high CO; partial pressure and low temperatures are highly recommended
for its application. Chemical absorption is based on the reaction between CO; and specific compounds, solvents,
to form a weak bond between the CO2 and the compounds. Chemical absorption occurs at low CO> partial
pressure.

The amine-based chemical absorption process has been used for CO, and H2S removal from gas treating plants
since the 1950s and are considered to be by far the most developed CO- capture process. COz is absorbed typically
using amines to form a soluble carbonate salt. This reaction is reversible — the CO2 can be released by heating the
solution with the carbonate salt in a separate stripping column. The CO; stripping occurs at reboiler temperatures
of about 120°C and pressures ranging between 40-150 kPag. The process is illustrated in Figure 7 [8].
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Figure 7 Simplified diagram of conventional acid gas removal process using chemical absorption [8]

The hydrogen rich gas enters the bottom of the absorber, where it contacts the lean solution. The carbon dioxide
is absorbed from the gas, leaving the rest of the contaminants and hydrogen relatively untouched.

The rich solution is then heat exchanged with hot lean solution after flashing to release the dissolved gases, and
enters the top of the stripper. Note that the need for a rich amine pump is dependent on the absorber column
operating pressure and whether there is enough differential between the absorber and stripper columns. Post-
combustion CO2 removal will need the rich amine pump due to the lower flue gas operating pressure. The stripper
uses a steam or glycol reboiler to regenerate the solvent, stripping out the absorbed carbon dioxide. The overhead
from the stripper goes through a condenser to condense into water as reflux and then to an overhead drum, where
the carbon dioxide is separated from the stripper reflux.

Primary alkanolamines such as monoethanolamine (MEA) and diglycolamine (DGA), provide high chemical
reactivity, favored kinetics, medium to low absorption capacity, namely CO; loading, and acceptable stability.
MEA, the first generation and the most well-known amine-based absorbent is highlighted by its high chemical
reactivity with CO (at low partial pressure) and low cost. This amine, however, can be corrosive at higher
concentrations.

Physical absorption processes are highly recommended to separate CO; in pre-combustion processes that
commonly operate at elevated CO, partial pressure. Physical solvents are able to selectively capture CO> in
contact with a gas stream without a chemical reaction occurring. The commonly used processes are Selexol™,
Rectisol™, Ifpexol™, Fluor™, Purisol™, Sulfinol™, and Morphysorb™.,

2.2.5.2 Pressure Swing Adsorption (PSA)



The PSA process produces a hydrogen stream up to 99.99% purity. It separates carbon monoxide, carbon dioxide
and unconverted hydrocarbons. A bank of adsorbers operates in a cycle where the adsorbers are rotated through
a higher pressure adsorption cycle, which allows the contaminants to be released from the adsorber. The hydrogen
gas passes through the adsorber as almost pure hydrogen. The contaminants flow into a fuel gas surge drum and
are then recycled to the reformer fuel system. Figure 8 shows a schematic diagram of a PSA system. The switching
valves are all controlled by the central processing unit and operate based on a time cycle
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Figure 8 A PSA unit separates carbon monoxide, carbon dioxide and unconverted hydrocarbons from

hydrogen [7]

3. Steam Reformer Design Features

A critical factor in the reformer heater design is keeping the tube-wall temperature uniform and hot enough to
promote the reforming reaction. Two types of heater designs have been employed for this purpose [7]. Figure 9
shows a schematic diagram of the roof-fired reforming furnace, and the side-firing heater design approach is
shown in Figure 10.
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3.1 Top-Fired Reformer

This type of reformer heater is usually a rectangular box. The tubes are vertical, and inlet and outlet pigtails are
used to connect the inlet header and the outlet transfer line respectively. The tubes are spaced on a pitch, which
allows the burners to fire down between the tubes for optimal heat transfer. The burners have a special “pencil-
shaped flame” design. All burners are located in the penthouse above the inlet manifold. The flame and the flow
through the tubes travel in the same direction.

Hydrogen plants with a single reformer heater and hydrogen production capacities up to 2830e® Sm3/d of feed
gas (100 MMSCF/d), have used the vertical, down-firing approach. Each burner’s radiant flame covers one-
quarter of four adjacent vertical tubes (except for the outside burners, which cover half of the two adjacent tubes).

The radiant gases exit the box horizontally through a horizontal convection section. The horizontal convection
section is located about 3 m above grade to allow enough height for passage. The horizontal convection provides
for a simpler support structure than that of the side-fired unit.

3.2 Side-Fired Reforming Heaters

The coil arrangement in a typical side-fired reformer furnace consist of two parallel rectangular fire boxes
connected at the top with horizontal duct work into the vertical convection stack. Two rows of vertical tubes
arranged on a staggered pitch are present in each of the radiant boxes. Several (typically four) rows of burners are
used to fire each side of the two radiant sections. This arrangement allows direct radiant fire to reach most of the
tube wall. Platforms are provided to access the burners at each of the four burner levels. A typical reformer furnace
could have over 300 burners. Reformer tubes typically have diameters of 5 in. (127 mm), walls, 0.5 in. (13 mm)
thick and about 34 ft (11.5 m) of wall exposed to the burners. The tube metallurgy is usually 25% chrome, 20%
nickel or high-nickel steel such as HL-40.

The inlet manifold at the top of the heater has “pigtails”, which uniformly transfer the feed gas to the top of the
tubes. Another manifold at the bottom of the heater connects another set of pigtails to the outlet transfer line. The
pigtails provide for thermal expansion as the heater goes from startup temperature to reaction temperature — a
significant increase. The objective is to have equal pressure drop across each tube, which produces uniform flow
to each of the tubes. The convection section includes several different coils. The hottest coil is a steam generation
coil that protects the other coils from radiant heat. Usually, there is also a steam superheat coil, a feed pre-heat
coil and another steam generation coil. Above these coils, there may be a BFW pre-heater and deaerator preheat
coil.

An induced draft fan is typically used to keep the fire box pressure slightly negative. Some reformers also have
an air pre-heater and forced draft fan.

4. Utilities
The utilities required in a hydrogen plant using SMR are as follows:
e LP natural gas fuel
e Demineralized water for the BFW
e MP steam used for the boiler water deaerator
e LP steam for Amine Stripper Column Reboiler

e Combustion air for the SMR furnace
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The utilities generated include:

e HP steam generated by SMR, used for reforming, with surplus available

e Electricity generated using the surplus HP steam

e LP steam taken from the steam turbine exhaust, typically used for the rich amine regeneration

5. Economic Assessment of Hydrogen Production Processes

The main economic and environmental performance indicators of hydrogen production based on natural gas
reforming with and without CO- capture have been assessed by Babes [9]. The evaluated hydrogen production
concepts have a capacity of 2536 e Sm®/d (89.6 MMSCF/d), corresponding to 300 MW (thermal energy) based
on hydrogen lower heating value of 10.795 MJ/Nm? (120 MJ/kg). In the assessment, three natural gas reforming
technologies were studied: the conventional steam methane reforming (Case 1), the oxygen autothermal
reforming (Case 2) and the air autothermal reforming (Case 3). The conventional steam methane reforming
concepts were evaluated in a: no carbon capture scenario (Case 1a), MDEA-based pre-combustion CO; capture
(Case 1b) and Selexol™-based pre-combustion CO- capture (Case 1c). The design assumptions are listed in Table

3 below [9].

Plant sub-system

Specifications

Fuel (natural gas) characteristics

Composition: 89% CHa, 7% C;Hg, 1% CsHs, 0.1% CaHio, 0.01% CsH1»,
0.001% Cg¢Ha4, 2% CO,, 0.89% N, 10 ppm mercaptan
Lower heating value (LHV): 35.37 MJ/Sm? (46.73 MJ/kg)

Air Separation Unit (ASU)

Oxygen purity (% vol.): 95% O, 2% N2, 3% Ar
ASU power consumption: 200 kWh / tonne O

Reformer reactor

Operating pressure: 3000 kPa

Outlet temperature: 900 °C

Burner configuration: Case 1

Autothermal configurations: oxygen (Case 2), air (Case 3)

Pre-combustion CO; capture

Chemical solvent: Methyl-diethanol-amine (MDEA) 50% wt.
Physical solvent: Selexol™

Absorption - desorption cycle

Solvent regeneration: thermal (MDEA) / pressure flash (Selexol™)

CO_ compression and drying

Delivery pressure: 12 MPa

Compressor efficiency: 85%

Solvent used for CO; drying: TEG (Tri-ehtylene-glycol)
Captured CO; specification (vol. %): >95% CO,, <2000 ppm CO,
<250 ppm H20, <100 ppm HzS, <4% non-condensable gases

Hydrogen purification and compression

Pressure Swing Adsorption (PSA) for purification (>99.95% vol.)
Hydrogen delivery pressure: 6000 kPa

Heat recovery steam generation,
steam cycle and power block

Steam pressure levels: 4800 kPa (HP) / 300 kPa (LP)
Steam turbine isentropic efficiency: 85%

Steam wetness ex. Steam turbine: max. 10%
Minimum approach temperature: ATmin = 10 °C
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Table 3 Design Assumptions [9]

The main technical and environmental performances are presented in Table 4 [9].

Units Case la Case 2 Case 3 | Case 1b Case 1c
Main Plant Data Conventional O:Lﬁ%?n 'Lt\rilgfrl:]t;' Sa'\r{r:?n(\e,v Sii\e/l XROIVTVM
SMR w no thermal SMR - 1o based carbon
carbon capture | SMR —no capture carbon capture
capture capture
Natural gas flowrate tonne/h 31.37 34.12 32.98 31.37 31.37
Natural gas LHV MJ/kg 46.73 46.73 46.73 46.73 46.73
Natural gas thermal energy (A) MW, 407.26 442.93 428.24 407.26 407.26
Steam turbine output MW, 16.03 31.45 28.69 11.32 15.92
Expander output MW, 0.99 1.26 2.94 0.37 0.52
Gross power output (B) MW, 17.02 32.71 31.63 11.69 16.44
Hydrogen output (C) MW, 300.00 300.00 300.00 | 300.00 300.00
Air separation unit / Air compression MW, - 8.62 17.90 - -
CO;, capture and compression MW, - - - 4.23 4.81
Hydrogen compression MW, 4.18 4.18 4.18 4.18 4.18
Power island MW, 2.08 2.36 2.29 2.08 2.12
Ancillary consumption (D) MW, 6.26 15.16 24.37 10.49 11.11
Net power output (E=B-D) MW, 10.76 17.55 7.26 1.20 5.33
Net power efficiency (E/A*100) % 2.64 3.96 1.70 0.29 1.31
Hydrogen efficiency (C/A*100) % 73.66 67.73 70.05 73.66 73.66
Energy utilization factor ((C+E)/A*100) % 76.31 71.69 71.75 73.96 74.97
Carbon capture rate % 0.00 0.00 0.00 70.00 65.00
CO; specific emissions (Ho+power) kg/MWh 267.39 284.59 284.37 82.78 95.58
Table 4 Main Technical and Environmental Performance Indicators [9]

As can be observed from Table 4, among various natural gas reforming concepts without carbon capture, the
conventional steam reforming design has the highest energy utilization factor (76.3% vs. 71.7%) due to lower
ancillary power consumption compared to oxygen and air autothermal reforming cases. When the pre-combustion
carbon capture step is introduced, a reduction of overall plant energy utilization factor by about 1.34 to 2.35 % is
seen. There is an advantage for the Selexol™ process (Case 1¢) compared to the MDEA process (Case 1b) due
to lower thermal duty required for solvent regeneration (about 0.76 MJ/kg for MDEA vs. 0.08 MJ/kg for
Selexol™), However, another important factor that needs consideration is the solvent circulation rate, which can
be higher for Selexol™ compared to MDEA. The carbon capture rate is about 65% (Selexol™) to 70% (Case 1b
— MDEA process). The MDEA has a higher capture rate due to higher CO> capture selectivity of chemical
solvents vs. physical solvents [9].
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For estimation of capital costs and specific capital investment costs (defined as capital cost divided by net energy
production), Figure 11 [9] presents the specific capital investment costs per kW net equivalent (LHV-based
hydrogen thermal output plus net power output) for all evaluated designs.

B Air separation unit W Reformer island B Syngas processing unit
B CO2 capture unit B H2 purification unit CO2 processing and drying
Power island Utilities and offsite units W Owner's cost and contingency

B Land purchase, permitting, surveying etc.

coe 1. N
coe > o

0 100 200 300 400 500 600 700 800 900 1000
Specific capital investment (CAD/kW net equivalent)

Figure 11 Specific capital investment costs for natural gas reforming-based hydrogen production concepts

[9]

Figure 11 indicates that conventional steam reforming without carbon capture has a specific investment cost of
$654 CAD/kw net equivalent. The cost of oxygen autothermal reforming case (Case 2) is about 20% higher due
to the cost contribution of the air separation unit. If pre-combustion CO capture is applied for conventional steam
reforming, the specific capital investment cost increases by 45% for the MDEA process (Case 1b) and 37% for
the Selexol™ process (Case 1¢) compared to the case without CCS.

For calculation of operational and maintenance (O&M) costs, hydrogen and power production costs and CO-
capture costs, the main economic assumptions used in the assessment are presented in Table 5 [8]. Note, the
reference source data was in Euros and is converted to Canadian dollars based on the exchange rate of 1 Euro to
1.55 Canadian dollars. At the time of the reference publication, the authors used an unusually high market price
for the natural gas feedstock — this has a dramatic effect on system economics.
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Natural gas price $/GJ 9.38
BFW water price $/ tonne 0.16
Cooling water price $/ tonne 0.02
MDEA price $ / tonne 6,250
Selexol™ price $/ tonne 10,156
Catalyst price $/yr 390,625
Cooling water treatment chemicals $/tonne 0.00
BFW treatment chemicals $ / month 70,313
Direct labour cost $/ yr [ person 78,125
Administration cost as percentage of labour cost % 30
Discount rate % 8
CO; price $/ tonne 7.81
Operational plant life yr 25
Table 5 Economic assumptions [9]

Figure 12 [9] presents the fixed and variable O&M costs for all evaluated hydrogen production processes based
on natural gas catalytic reforming.

o
(@) B Fixed O&M costs
H Variable O&M costs

o

10 20 30 40 50 60
S/ MWh

Figure 12 Fixed and variable O&M costs for natural gas reforming-based hydrogen production concepts [9]

It can be observed that the variable cost component is significantly higher than the fixed one. This is because the
fuel (natural gas) cost has a significant cost impact. The levelised cost of hydrogen (LCOH) and levelised cost of
electricity (LCOE) were calculated using the net present value (NPV) method. By definition, the LCOH is a
measurement of the average present cost of the hydrogen energy production over its lifetime, and the LCOE is a
measurement of the average present cost of the equivalent electricity generation for a generating plant over its
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lifetime. The CO2 capture costs were calculated based on the following mathematical equation and Table 6

presents the calculated values [9]:

COZ I’emoval COSt — LCOHCapture — LCOHN, capture

CO02 removal

LCOHCapture —LCOHNo capture
Specific CO2 emissionsyo capture—Specific CO2 emissionScapture

CO; avoided cost =

1)

)
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Main plant data Units Casela | Case2 | Case3 | Caselb | Case 1c
Levelised cost of hydrogen (LCOH) $/MWh 58.47 63.71 61.43 66.70 64.54
Levelised cost of electricity (LCOE) $/ MWh 59.13 63.40 59.75 66.96 64.74
CO; removal cost $ / tonne - - - 42.47 47.41
CO; avoided cost $ / tonne - - - 46.27 33.88

Table 6

Costs of hydrogen & electricity and CO- capture costs [9]

Levelised indicates the average net energy cost over the lifetime of the facility. Table 6 indicates that the hydrogen
production cost has the lowest value for conventional steam reforming design (Case 1a), then air autothermal
reforming (Case 3), then oxygen autothermal reforming (Case 2) — all cases without carbon capture. The
introduction of pre-combustion CO> capture implies an increase of hydrogen production cost by about 14% for
MDEA process (Case 1b) and 10% for Selexol™ process (Case 1¢). The CO> avoidance cost is lower for the
Selexol™ case than for the MDEA case by about 36%. Figure 13 presents the sensitivity analysis of the hydrogen
cost versus various economic parameters for the conventional steam reforming with Selexol™-based pre-
combustion CO- capture. It can be observed from Figure 13 that the fuel (natural gas) cost (unsurprisingly) has
a significant impact on the hydrogen production cost.

Availability Factor (-/+% 5)

Interest Rate (-/+ 1%)

O&M Cost (-/+ 10%)

Fuel Cost (-/+ 10%)

Capital Cost (-/+ 10%)

Figure 13

58.00

60.00

6. Hydrogen Transportation

62.00

.

q

64.00

66.00

Hydrogen production cost sensitivity analysis [9]

68.00

70.00

The present solutions are varied according to the distance and quantity to be delivered. Three methods of
transporting hydrogen are applied in the present market: road and rail transportation of gaseous and liquid
hydrogen; ocean transportation; and pipelines.
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6.1 Road and rail transportation

A very common method of transporting hydrogen as is to fill it in pressure-proofed seamless vessels in either
industrial gas standard size (50-150 I) or larger containers (>150 I) for transportation via tube trailers. A typical
set-up is nine tubes for 2000 | each. The filling pressure of cylinders is usually around 18000-25000 kPa [10].
Based on the typical set-up and the filling pressure of 25000 kPag, a trailer can hold an approzimate of 323 kg of
hydrogen product.

6.2 Hydrogen Pipelines

Hydrogen transportation via pipelines is one of the options presently being explored. At present, the pipeline
network for hydrogen transportation is very limited and derived from natural gas technology. It is dominated by
a few industrial gas producers: Air Products, Air Liquide, and Praxair. Hydrogen is almost always transported to
be used in refinery plants or in large chemical facilities. The transport of hydrogen to residential consumers is not
yet diffused. Western Europe owns the longest network of hydrogen pipelines, about 1500 km compared to the
existing 900 km in the United States.

The existing pipelines are constructed with common steels for general construction. There are no known problems
connected with the utilization of these pipelines. The operating pressures vary according to the networks and, in
general, are between 340 and 10000 kPa. More frequently, the operating pressure is about 1000-2000 kPa, and
diameters are about 250-300 mm.

6.3 Ocean Transportation

The hydrogen transport across the sea was intensively studied during the late 1980°’s to the late 1990°s by two
research groups with the leading objective of the ability to transport hydrogen over long distances from cheap
production sites to eager markets. The main solution has shown that the liquid hydrogen was the best solution to
long distance transport, even though it was expensive to liquefy it, and liquid hydrogen has a lower energy density
than its closest competitor, LNG [10]. However, no commercial ship of liquid hydrogen has been in operation
worldwide.

6.4 Hydrogen Transportation Costs

An assessment of the hydrogen transportation and delivery costs is fully dependent on the supply chosen. The
distance to be covered from the production site to the final consumer is crucial for the choice of the transportation
method. The DOE has evaluated that stations that supply more than 100 kg/d of hydrogen are expected to be
supplied via pipeline or via liquid transport. In this case, the estimated cost of hydrogen at the pump is around $
5.7-8.0 US$/kg [10]. The adoption of liquid hydrogen tank trailers can reduce costs due to the increased quality
of hydrogen delivered, although the capital cost is greater than the tube trailers.

The choice of a hydrogen pipeline is affected by several additional constraints, which are similar to those for
natural gas pipelines systems: investment costs, cost of installation, maintenance costs, and expenditures related
to right of way. The costs related to the investment are higher for hydrogen than for natural gas due to the material
choices. The reported average cost for an 8 in. pipeline in 2011 was about 470,000 US$/km at a pressure of 15000
kPa [10].
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7. Example of a Low Carbon SMR-based Hydrogen Production Process Concept

As an illustrative example, a design concept of converting a flow of 2832e2 Sm®/d (100 MMSCF/d) natural gas
to hydrogen using the SMR process coupled with CCS was evaluated as Figure 14. It was assumed that 99.8%
CO2 capture rate in the shifted gas is achieved upstream of the PSA via an amine process.

Stack Gas Co, CO, To Injection
> Compression & >
Dehydration
A
COZ
NG FEED H, Product
SMR > WGS > MDEA . PSA & H, )

AGR "1 Compression

A A

Fuel Gas

A

Air

Supplemental
NG

Figure 14 Conceptual design of a low carbon SMR-based hydrogen production process

Plant sub-system Specifications

Composition: 80.84% CHa, 11.68% C,Hg, 3.34% CsHs, 0.59% CsHiyo,
Fuel (natural gas) characteristics 0.06% CsH1o,

0.003% CeHu4, 2.77% CO2, 0.42% N2, 10 ppm mercaptan

Lower heating value (LHV): 46.73 MJ/kg

Operating pressure: 3500 kPag
Reformer reactor Outlet temperature: 870 °C

Chemical solvent: Methyldiethanolamine (MDEA) 45% wt., 5%
piperazine 5% wt.

Shifted gas CO; capture Absorption - desorption cycle

Solvent regeneration: thermal (MDEA)

Chemical solvent: Methylethanolamine (MEA) 40% wit.

Reformer furnace flue gas CO; capture Absorption - desorption cycle
Solvent regeneration: thermal (MEA)

Delivery pressure: 11 MPag

Compressor efficiency: 85%

) ) Solvent used for CO; drying: TEG (Tri-ehtylene-glycol)

CO, compression and drying Captured CO; specification (mole %): 99.94% CO,, 5 ppm CO, 295
ppm H>O
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e . Pressure Swing Adsorption (PSA) for purification (>99.95% vol.)
Hydrogen purification and compression Hydrogen delivery pressure: 7550 kPag

Steam pressure levels: 5500 kPag / 300 kPag
Steam turbine isentropic efficiency: 85%
Steam wetness ex. Steam turbine: max. 10%
Minimum approach temperature: ATmin = 10 °C

Heat recovery steam generation,
steam cycle and power block

Table 7 Design Assumptions

7.1 Process Simulation

The preliminary process simulation model was built using ProMax for a low carbon hydrogen production process
consisting of a base SMR, CO2 removal from the shifted gas using MDEA, CO2 compression and dehydration,
H, purification and compression. The simulation is based on a 2831e® Sm®d (100 MMSCF/d) natural gas
feedstock, with supplemental required LP fuel gas of 355e3 Sm®/d (12.52 MMSCF/d). The major process input
parameters were taken from an actual hydrogen plant design Heat & Material Balance (HMB) using steam natural
gas reforming. Note that the reformer details are not available, thus the kinetic reaction was not able to be
simulated. An equilibrium reaction set was selected instead, and the approach temperature to equilibrium was
manipulated to have the reforming effluent and the WGS effluent match the HMB as close as possible. The
simulation shows the high temperature shift reactor option.

The activated amine (45% MDEA wt., 5% Piperazine wt.) was used for the shifted gas CO> capture. The amine
system design was based on achieving 90% of CO capture was used to determine the amine circulation rate.

Refer to Appendix 1 for the simulation flow sheet. Note that the CO- in the flue gas was not captured in this
example.

The CO. compression was simulated in five-stage compression system, and the wet CO: is taken at the fourth
stage discharge to the CO2 dehydration system using conventional triethylene glycol (TEG).

7.2 Simulation Results Summary

Table 8 below presents a summary of the estimated major process performance of a low carbon SMR-based
hydrogen production concept from process simulation.

Main Plant Data Units Value
Natural gas feed flowrate e3Sm3/d 2832
LP fuel gas flowrate e3Sm3/d 356

Natural gas LHV MJ/m?3 32.84
Natural gas thermal energy (A) MWt 1211
Hydrogen product produced e3Sms/d 7877
High pressure steam produced tonne/h 318

CO;, produced in shifted gas tonne/d 3692
CO; produced in flue gas tonne/d 3132
Total CO- produced tonne/d 6824
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Main Plant Data Units Value
CO: captured from the shifted gas (99.8%) tonne/d 3685
CO; emission to the atmosphere tonne/d 3132
Steam turbine output MW, 42.27
Gross power output (B) MW, 42.27
Hydrogen output (C) MW, 923.84
BFW pump MWe 1.45
Combustion air blower for reformer furnace MWe 5.23
CO;, capture and compression MW, 16.79
Hydrogen compression MW, 13.33
Power island MW, 2.08
Ancillary consumption (D) MW, 38.88
Net power output (E=B-D) MW, 3.39
Net power efficiency (E/A*100) % 0.28
Hydrogen efficiency (C/A*100) % 76.29
Energy utilization factor ((C+E)/A*100) % 76.57
Carbon capture rate % 54.00
CO, specific emissions (H.+power) kg/MWh | 140.74
Table 8 Main technical performance indicators
7.3 Plot Plan

An illustrative plot plan of a steam reforming-based hydrogen plant is presented in Figure 14 [11].



T
;

Figure 14

nz

Illustrative plot plan of a steam reforming-based hydrogen plant [10]
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8. Appendix

Simulation flow sheet for a low carbon SMR-based hydrogen production concept with a hydrogen capacity of
7877 e3Sm3/d (278 MMSCF/d), required feed NG of 2832 e3Sms3/d (100 MMSCF/d)

Glossary

AGR Acid gas removal

ASU Air separation unit

BFW Boiler feed water

CCS Carbon capture and sequestration
DGA Diglycolamine

DOE Department of energy

HHV Higher heating value

HMB Heat and material balance

HP High pressure

HTS High temperature shift reactor
LCOE Levelised cost of electricity
LCOH Levelised cost of hydrogen
LHV Lower heating value

LNG Liquefied natural gas

LP Low pressure

LTS Low temperature shift reactor
MDEA Methyldiethanolamine

MEA Monoethanolamine

NPV Net present value

NETL National Energy Technology Laboratory (USA)
O&M Operational and maintenance
PSA Pressure swing adsorption
SMR Steam methane reforming
TEG Triethyleneglycol

WGS Wet gas shift
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